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Abstract

To clarify the impacts of the hydrodynamic boundary layer and the diffusion boundary layer in the near wall zone on
gas–liquid two-phase flow induced corrosion in pipelines, the hydrodynamic characteristics of fully developed gas–liquid
slug flow in an upward tube are investigated with limiting diffusion current probes, conductivity probes and digital high-
speed video system. The Taylor bubble and the falling liquid film characteristics are studied, the effects of various factors
are examined, and the experimental results are compared with the data and models available in literature. The length of
Taylor bubble, the local void fraction of the slug unit and the liquid slug, the shear stress and mass transfer coefficient in
the near wall zone, are all increased with the increase of superficial gas velocity and decreased with the increase of super-
ficial liquid velocity, whereas the length of liquid slug and the liquid slug frequency are changed contrarily. The alternate
wall shear stress due to upward gas–liquid slug flow is considered to be one of the major causes for the corrosion produc-
tion film fatigue cracking. A normalized formula for mass transfer coefficient is obtained based on the experimental data.
� 2006 Elsevier Ltd. All rights reserved.
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1. Introduction

Gas–liquid slug flow is one of common flow regimes in gas and oil pipelines with a wide range of gas and oil
transport rates. Recently, scientists and engineers have paid more attention to the internal corrosion of low
alloy pipelines, in which the gas–liquid mixtures of CO2, H2S, oil, and water are transported. CO2 or H2S dis-
solves in the water to form the weak acid, which makes low alloy pipelines suffer from serious corrosion. This
corrosion is referred to as upward gas–liquid slug flow induced ‘‘CO2 sweet corrosion’’ or ‘‘H2S sour corro-
sion’’ (Garber, 1998; Nesic and Lunde, 1994; Heuer and Stubbins, 1998; Jasinski, 1987; Heitz, 1991). How to
effectively control the upward gas–liquid slug flow induced corrosion in the pipelines is challenging scientists
and engineers all over the world.
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Previous research on the CO2 or H2S corrosion has been done mostly in stirred beaker, rotating cylinder
electrode cell, jet impingement and single phase flow loop on a small scale. The effect of gas–liquid flow on
the corrosion has been seldom considered and the experimental conditions are considerably different from
practical industrial corrosion conditions (Heuer and Stubbins, 1998; Liu et al., 1994; Lotz and Syberger,
1988; Nesic et al., 1995; Hara et al., 2000). As known to all, corrosion is a surface damage phenomenon.
Therefore, what is going on at the metal surface has a profound effect on corrosion (Mora-Mendoza et al.,
2002; Heitz, 1991). Many aspects of fluid dynamics related to or determined by the interactions between fluid
and metal surface are of importance to corrosion. The changes in fluid hydrodynamics, turbulence, wall shear
stress, mass transfer, electrochemical corrosion, the formation and the destruction of the corrosion production
film, are all intimately related to the hydrodynamic boundary layer and the diffusion boundary layer in the
vicinity of the wall.

Therefore, there is an urgent need for the deep insight into the upward slug flow characteristics to under-
stand the mechanism of gas–liquid slug flow induced corrosion. The remarkable characteristic of the slug flow
is the flow intermittence, which is influenced by many factors, such as the velocities of gas and liquid, void
fraction, pressure shock, density wave, liquid slug frequency and the properties of gas and liquid (Fernandes
et al., 1983). In the upward slug flow, the complicated slug flow structure can be described as a series of slug
units, and each unit consists of a Taylor bubble with a falling liquid film around it and a portion of liquid slug
behind the Taylor bubble. Under the gravitational force, the falling liquid film is assimilated by the succeeding
liquid slug (Griffith and Wallis, 1961; Bendiksen, 1985; Taitel et al., 1980; Sylvester, 1987; Hewitt, 1990; Mao
and Dukler, 1985; Nakoryakov et al., 1986; van Hout et al., 2001; Ghosh and Cui, 1999).

In this paper, using the limiting diffusion current technology, conductivity probe technology and digital
high-speed video system, the characteristics of upward slug flow are systematically investigated both experi-
mentally and mechanistically. These characteristics include the Taylor bubble velocity, the Taylor bubble nose
shape, the thickness and velocity of falling film, minimum stable liquid slug length, the bubble size distribution
and the velocity of dispersion bubble in liquid slug, the liquid slug frequency, the length distribution of Taylor
bubble and liquid slug, the void fraction of slug unit and liquid slug, instantaneous shear stress and mass
transfer coefficient in the near wall zone.

2. Experimental

2.1. Experimental set-up

The experiments are conducted in a two-phase flow loop, the schematic diagram of which is shown in
Fig. 1. The gas stored in gas storage vessel 1 is pressurized for recirculation by twin-screw compressor 11,
Fig. 1. Schematic diagram of experimental set-up: (1) gas storage vessel; (2) gas supplement device; (3) freezing dryer; (4) liquid
supplement tank; (5) secondary separator; (6) secondary pump; (7) liquid storage tank; (8) oil bath heater; (9) primary pump; (10) liquid
phase orifice flowmeter; (11) twin-screw compressor; (12) gas surge tank; (13) gas phase orifice flowmeter; (14) two-phase mixing device;
(15) test section; (16) non-return valve; (17) cut off valve.
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whereas the liquid stored in liquid storage tank 7 is driven by primary pump 9 for recirculation. The flows of
both gas and liquid are regulated respectively by the combination of valves and by-passages before they are
measured by gas phase orifice flowmeter 13 and liquid phase orifice flowmeter 10. The gas phase and the liquid
phase are mixed in mixing device 14 before they enter test section 15. When the two-phase mixture flows out of
the test section, the liquid phase and the gas phase are primarily separated in liquid storage tank 7 and
secondarily separated in secondary separator 5. The separated gas is dried by freezing dryer 3 for the elimi-
nation of moisture before the gas reenters compressor 11, whereas the separated liquid in secondary separator
5 is driven to liquid storage tank 7 by secondary pump 6. In the loop, by gas supplement device 2 and liquid
supplement tank 4, gas and liquid can be supplemented to the experimental system whenever necessary, and
oil bath heater 8 is installed on liquid storage tank 7 to control the temperature of the fluids to be studied.
Additionally, 12 is a gas surge tank, whereas 16 and 17 are the non-return valve and cut-off valve, respectively.

The test section is a vertical 35 mm inside diameter, 5 m long Plexiglas pipe, schematically shown in Fig. 2.
The pressure differential with a distance of 1570 mm is measured by the 1151DP type capacitance differential
pressure transmitter made in China with an accuracy of 0.3%. To obtain stable differential pressure, the con-
necting pipes are firstly connected to two little surge tanks before they are connected to the transmitter, and a
manometer is installed downstream of the connecting pipe to measure the local absolute pressure. Wall mass
transfer probe and wall shear stress probe are used to measure the mass transfer coefficient and the shear stress
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in the near wall zone and the measurement principle is elucidated in Section 2.2. Two conductivity probes are
the same single sensor conductivity probe and the measurement principle is illustrated in Section 2.3. A
copper–constantan thermocouple with the maximum temperature deviation of 0.2 �C is installed to measure
the experimental temperature. A digital high-speed video system is installed at the downstream of test section
and the measurement principle is explained in Section 2.4.

2.2. Electrochemical limiting diffusion current technology

The electrochemical limiting diffusion current technology called polarography was used by Hanratty and
Reiss (1962), Reiss and Hanratty (1963), Gognet and Lebouche (1978), Souhar and Cognet (1978) and
Nakoryakov and Kashinsky (1981), Nakoryakov et al. (1986) to investigate the characteristics of gas–liquid
two-phase flow. When a proper voltage is applied across the electrodes which are dipped into the electrolyte,
the electrolysis current I, which results from active ions transfer to the electrodes, is controlled by both con-
centration gradient due to diffusion Dd(oC/ox) and electric potential gradient due to migration Cu(ow/ox),
namely
I
nAF

¼ � Dd

oC
ox
þ Cu

ow
ox

� �
ð1Þ
where n is number of electrons involved in the stoichiometric equation, A area, F Faraday constant, Dd dif-
fusion coefficient, Cu electric potential migration coefficient, C concentration and w electric potential.

With the increase of applied voltage, the rate of the reaction occurring on the electrodes is increased and the
reaction ion concentration on the electrodes Cw is decreased. When the electrolyte with high conductance and
inert to the electrode reaction is added into the solution, the electric potential gradient Cu(ow/ox) approaches
zero and can be ignored. If the reaction ion concentration on the electrodes Cw approaches zero, the reaction
rate on the electrodes becomes maximum. Meanwhile, the electrolysis current I is completely controlled by the
concentration diffusion gradient, and the current I is no more changed with the increase of applied voltage,
namely a voltage plateau appears. Then, this condition is called polarization and the current I is called limiting
diffusion current Ilim. According to Nernst’s linear concentration gradient assumption, we have
I lim

nAF
¼ Dd

d
ðCb � CwÞjCw¼0 ¼

Dd

d
Cb ¼ kdCb ð2Þ

kd ¼
I lim

nAFCb

ð3Þ
where d is concentration boundary thickness, Cb concentration in bulk solution zone, and kd mass transfer
coefficient.

Therefore, using the limiting diffusion current Ilim, the mass transfer coefficient kd in the near wall zone can
be obtained. Hanratty and Reiss (1962) and Reiss and Hanratty (1963) found that the relationship between the
mass transfer coefficient and wall shear stress can be represented by
kd ¼ 0:807Dd

sw

lLDdL

� �1=3

ð4Þ
where sw is wall shear stress, lL liquid dynamic viscosity and L electrode width in the flow direction.
Thus, the wall shear stress sw in the near wall zone can also be obtained. From the above analyses, it can

easily be found that the mass transfer coefficient kd is proportional to the limiting diffusion current, whereas
the wall shear stress is cubic power to the limiting diffusion current.

In the experiments, the electrolyte of 0.5 mol/L NaOH–0.01 mol/L K4Fe(CN)6–0.01 mol/L K3Fe(CN)6 is
produced as the experimental liquid, and N2 is used as the experimental gas.

Wall mass transfer probe, which is a small rectangular 1 mm · 0.06 mm pure Ni slice film and mounted
flush to the wall across the flow direction, is used to measure the mass transfer coefficient. Wall shear stress
probe, which is made up of double pure Ni slice films with the same geometric dimensions as wall mass trans-
fer probe and an insulating mica film with a thickness of 0.1 mm is sandwiched between the double pure Ni
slice films, is used to measure the magnitude and direction of wall shear stress.
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Wall shear stress probe can easily detect the magnitude and direction of the shear stress in the near wall
zone. As shown in Fig. 3, due to the small distance between the double slice films, the loss of reaction ions
on the upstream film of the probe is unable to be recovered sufficiently when the fluid has reached the down-
stream of the probe, namely, when the fluid flows from film 1 to film 2, the concentration boundary layer
thickness of film 1 is smaller than that of film 2, which correspondingly causes the diffusion rate or the limiting
diffusion current of film 1 to be larger than that of film 2, Ilim,1 > Ilim,2. On the other hand, when the fluid flows
from film 2 to film 1, the concentration boundary layer thickness, the diffusion rate and the limiting diffusion
current are all of the very reverse, Ilim,1 < Ilim,2. From the above analyses, by comparing the limiting diffusion
currents of both film 1 and film 2, the direction of the shear stress can be gained. A series of preparatory
measurements must be performed before the two-phase flow measurements using the wall shear stress probe.
The feedback resistances of two pieces of the direct current amplifiers must be repeatedly adjusted to eliminate
any possible error caused by some inevitable difference in geometrical dimensions of the films so that identical
output voltages of film 1 and 2 can be gained in the stagnant solution.

To improve the response of wall mass transfer probe and wall shear stress probe, a large anode ring, with a
1.5 mm thickness, 10 mm height, is mounted flush to the wall with a distance of 260 mm downstream of wall
shear stress probe. In such a case, the effect of anode electrode on the limiting diffusion current can be ignored
and the applied voltage between the cathode and the anode can be taken as the plateau voltage corresponding
to the limiting diffusion current. The limiting diffusion current is so small that it must be transformed into the
magnified voltage. Before the two-phase flow experiments, the plateau voltage is calibrated in the single liquid
phase flow, using linear sweeping electric potential technology with the electrochemical workstation LK 2005
made in China. It is found that the plateau voltage appears when the applied voltage ranges from 0.25 V to
0.8 V, and then the applied voltage is taken as 0.5 V in the two-phase flow experiment.

2.3. Conductivity probe measurement technology

The principle of conductivity probe is the voltage drop caused by the electrical conductivity difference
between gas phase and liquid phase, and has been widely used to measure the average fluctuating velocity,
flow regime identification, film thickness, local and average void fraction, local bubble size, slug length
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Fig. 3. Schematic diagram of the double electrochemical films probe for measuring the shear stress.
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distribution, slug frequency, the coalescence and disintegration characteristic of bubbles etc. Over the last sev-
eral decades, quite a few types of conductivity probes have been developed, such as level probe firstly designed
and built by Kordyban and Ranov (1963), needle probe firstly designed by Solomon (1962) and further devel-
oped by Griffith (1963), wall probe developed by Collier and Hewitt (1964) and Hewitt and Lovegrove (1963).

Two conductivity needle probes have the same structure, both are made of nichrome alloy thread with
0.2 mm diameter, completely insulated and 90� bent, giving a 10 mm long tip. To make the probe able to
quickly pierce through the bubble, and to have the smallest error induced by the bubble deformation when
the bubble is in contact with the probe, the probe tip is corroded to a diameter of 50 lm by electrochemical
method. Moreover, the length of non-insulated tip d has an evident effect on the validity of acquired signal. If
the length is too short, the interference coming from the flow field is not easily eliminated and the threshold
voltage Uthreshold is difficult to be determined. On the other hand, if the length is too long, the time for the
probe tip to be in contact with the gas phase or liquid phase will be too long, which also induces the poor
validity of acquired signal. By a large number of tests, it is found that the optimal length of non-insulated
tip is between 20 lm and 50 lm. Therefore, 35 lm non-insulated tip is used throughout the experiments.
To gain the local and average information at different radial locations at certain cross section of the test
section, a modified vernier calipers assembly with an accuracy of 0.02 mm is used to adjust and deter-
mine the location of the conductivity probe. Using the digital high-speed video system, the threshold voltage
Uthreshold of conductivity probe is calibrated as 20% of the maximum output voltage. Therefore, a square wave
function P(t) exists
PðtÞ ¼
0 U < U threshold when the probe in the liquid phase

1 U > U threshold when the probe in the gas phase

(
ð5Þ
The local average void fraction in time interval Dt is
haðDtÞi ¼ 1

n

Z Dt

0

P iðsÞ ¼
1

n

X
P iðsÞ; Dt ¼ n � s ð6Þ
The flow velocity and the length of both Taylor bubble and liquid slug can be measured using two conduc-
tivity probes when they are located at the pipe axis with a distance DL and the signal voltage can be acquired
simultaneously, as shown in Fig. 4. According to Dt1, the Taylor bubble velocity UTB is
U TB ¼
DL
Dt1

ð7Þ
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According to Dt3, the Taylor bubble length LTB is
Table
Experi

Item

Superfi
Superfi
Liquid

Gas ph
Tempe
Pressu
Single

a Ddl
T

LTB ¼ UTBDt3 ð8Þ

Similarly, the succeeding liquid slug velocity ULS can be obtained according to Dt2, and the liquid length

LLS can be obtained according to Dt4.

2.4. Digital high-speed video technology

The digital high-speed video system is based on the direct measurement principle of two-phase flow by
shooting the photographs of the flow in a transparent Plexiglas pipe at a high speed. In the experiments, a
MEMRECAM fx K3 digital high-speed video system, which is made up of camera, lens, trigger connector,
AC supply, remote control panel, light source, transmission cable etc., is used to measure the flow character-
istics. An advanced CMOS sensor device is installed in this system. The MEMRECAM fx K3 digital high-
speed video system has a standard shooting speed of 2000 frames per second with 1.3 G memory size and
1280 · 1024 pixels. Due to the complicated gas–liquid interfaces, the light will suffer many times of refractions
and reflections, which may lead to blurred pictures of the gas–liquid interfaces. Consequently, a cubic water
pool made of quartz glass is installed on the test pipe to eliminate the refraction and reflection. A 1 kW
diffusion cold light source is applied to make the light free from reflection on the lens surface. And back light-
ing is also applied to gain as clear gas–liquid interfaces as possible.

In processing the photographs, a scale factor is determined according to the outside diameter (D = 45 mm)
of the test pipe. The scale factor Fscale is defined as
F scale ¼
pipe outside diameter in the photograph

practical pipe outside diameter
ð9Þ
Fscale is a very important parameter to obtain the real information from the photograph processing. The
measurements of small bubble diameter, thickness of falling film and bubble nose size etc. can be easily
performed in one photograph. Whereas, displacement and velocity of bubble can be measured in a series
of succeeding photographs
Ui ¼
1

F scale

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
ðDxiÞ2 þ ðDyiÞ

2
q

Dframes � s ð10Þ
where s is the time interval between two continuous frames, Dxi and Dyi are the displacements measured in
terms of the photographs.

2.5. Data acquisition system

A high-speed data acquisition card PCI-9113A made in Taiwan is used to acquire the experimental data.
Acquisition signals are input with the differential 12-bit analog input and the sampling rate is 2 kHz per chan-
nel. The acquisition program is developed, based on the VC++, with real-time display, controllable sampling
time and frequency.
1
mental matrix in upward gas–liquid slug flow

Scope

cial gas velocity (m/s) 0.1–0.8
cial liquid velocity (m/s) 0.2–1.2
phase 0.5 mol/L NaOH–0.01 mol/L K3Fe(CN)6–0.01 mol/L K4Fe(CN)6

qL = 1040 kg/m3, lL = 0.964 · 10�3 Pa s, rL = 0.010 N/m
Diffusion coefficient of K3Fe(CN)6Dd calculated as a(Fouad and IbI, 1960)

ase N2, the properties of N2 calculated according to perfect gas law
rature (�C) 40
re (MPa) 0.2
liquid phase flow velocity (m/s) 0.2–3.4

L ¼ 2:5� 10�15 N=K:
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2.6. Experimental test matrix

The experimental matrix for upward gas–liquid slug flow is listed in Table 1.

3. Results and discussion

3.1. Flow characteristics in Taylor bubble zone

3.1.1. Gas Taylor bubble

Taylor bubble velocity is a very important parameter in upward gas–liquid slug flow. Dumitrescu (1943)
was the first scientist to study single Taylor bubble rising in a stagnant liquid in a tube and he proposed a
model for this flow, based on potential flow theory. Many other researchers including Moissis and Griffith
(1962), Nicklin and Wilkes (1962), Street and Tek (1965), Akagawa and Sakaguchi (1966), also had further
investigation of slug flow in stagnant liquids. Previous research shows that in a rather wide range of surface
tension and viscosity, the Taylor bubble velocity is affected by many parameters such as gravity acceleration g,
inside tube diameter D, superficial velocities of both gas and liquid, physical properties of fluids etc. A widely
accepted formula for single, non-expanding Taylor bubble rising velocity in a stagnant liquid U0 has been put
forward as follows:
U 0 ¼ C2ðN f ;EoÞ

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
gDðqL � qGÞ

qL

s
ð11Þ
where N f ¼ D3=2 gðqL�qGÞ
qL

� �1=2

qL=lL; Eo ¼ qL
gðqL�qGÞ

qL

� �
D2=r, and qL is the liquid phase density, qG the gas

phase density, r the surface tension.
In practical flows, qG� qL. A simplified formula is given as follows:
Fr0 ¼
U 0ffiffiffiffiffiffi
gD
p ¼ C2ðN f ;EoÞ ð12Þ
C2 has been derived theoretically, ranging from 0.32 to 0.36. C2 = 0.351 by theory and C2 = 0.346 by exper-
iments were determined by Dumitrescu (1943), and C2 = 0.328 was determined by Davies and Taylor (1950),
whereas C2 = 0.35 is consistent with both the experimental data in an air–water system of Nicklin (Nicklin and
Wilkes, 1962) and the experimental data of Fernandes (1981).

In a fully developed upward slug flow, the Taylor bubble velocity can be regarded as steady, and the suc-
ceeding Taylor bubble is not affected by the leading Taylor bubble. As such, the fully developed upward slug
flow can also be regarded as the rising flow of a single Taylor bubble in a flowing liquid. The rise velocity due
to the buoyancy of Taylor bubble approaches the velocity of Taylor bubble rising in a stagnant liquid. As a
result, the velocity of Taylor bubble in flowing liquid depends to a great extent on the mixture velocity and the
rising velocity in stagnant liquid. Nicklin and Wilkes (1962), by a great number of experiments, suggested an
empirical correlation for the rising velocity of the Taylor bubble UTB in a flowing liquid as follows:
FrTB ¼ C1Frs þ C2 ð13Þ

U TB ¼ C1U s þ U 0 ð14Þ
U0 is the rising velocity in stagnant liquid, Us is the mixture velocity defined as the sum of the liquid and gas
superficial velocities, USL and USG. Collins and de Moraes (1978) provided a strong theoretical support for the
Nicklin’s formula. For fully developed turbulent flows (Res > 3000), C1 = 1.2, which is close to the ratio of the
maximum centerline velocity Uc to the averaged mixture velocity Us, namely Uc/Us = 1.225, when the one sev-
enth power velocity profile is assumed; for fully developed laminar flows (Res < 3000), C1 = 2, which is equal
to the ratio Uc/Us = 2 when the parabolic profile for the velocity is assumed. Fernandes (1981) suggested
C1 = 1.29, which is greater compared to the suggestion of Nicklin because of larger pipe diameter, expansion
effects and interaction between successive Taylor bubbles. Schmidt (1976) and Juprasert (1976) investigated
the air–water system with the same diameter pipe as Fernandes (1981) and suggested C1 = 1.2.
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Fig. 5 shows the relationship between the Frs number based on mixture velocity and the FrTB number based
on Taylor bubble velocity, which is gained by the conductivity probes and digital high-speed video system. The
range of Res is from 6000 to 66,000. Using least square method, a correlation is obtained as follows:
FrTB ¼ 1:217Frs þ 0:35 ð15Þ

It has been found that the experimental results are in good agreement with the results predicted by Nicklin’s

formula with a maximum deviation of 4%, although the liquid surface tension and viscosity are much smaller
than those of the pure water used in the Nicklin’s experiments, which indicates that Taylor bubble velocity is
not sensitive to the change of liquid viscosity and surface tension, namely the regime is inertia controlled, the
fluid is considered to be inviscid and surface tension effect is negligible, which can be explained by the potential
flow theory except the falling liquid film far away from the Taylor bubble nose.

In previous experimental and theoretical research, great endeavor has been devoted to the accurate deter-
mination of Taylor bubble shape. For sufficiently long bubbles, the Taylor bubble nose shape was observed to
be spherical and independent of the bubble length, whereas there is a more or less deviation from spherical cap
for most bubbles in practice. Aladjem Talvy et al. (2000) found that strong deformation and oscillations of the
succeeding Taylor bubble nose were observed and that the oscillations are related to the quasi-resonant oscil-
lations of the leading bubble bottom. Previous research was mainly focused on the effect of surface tension on
the Taylor bubble shape in stagnant liquid, and the effects of superficial velocities were neglected. Brown
(1965) measured the rise of Taylor bubbles in liquids with different viscosities, and proposed a universal
expression for the nose radius of curvature, i.e., R0 = 0.75Rc, where Rc = R � dt (dt is the terminal thickness
of the liquid film). Collins and de Moraes (1978) measured the radius of curvature of bubble nose by photo-
graphing the propagating bubbles, and found that the radius of curvature tends to decrease with increased
liquid velocity. According to the potential flow theory, the radius of curvature Rc of Taylor bubble nose
can be expressed as follows:
Rc

R
¼ 4b1

b2
1 þ 4k1

U c

U0

k1 ¼ 7:5½4:12þ 4:95ðlog Re� 0:743Þ��1

Re ¼ qLDU s

lL

ð16Þ
where b1 = 3.8317, which is the first order positive zero point of Bessel function. Uc is the velocity of the liquid
in front of Taylor bubble nose and U0 is the drift velocity.
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Fig. 6 shows the experimental results of the Taylor bubble nose shape at different values of Frs. It can be
seen that the radius of curvature of Taylor bubble nose is reduced with increased Frs, which is consistent with
Collins’ results. The Taylor bubble nose radius of curvature is R0 = 0.71Rc, smaller than Brown’s results,
which may be caused by the difference in experimental conditions. The Taylor bubble shape is measured in
the flowing liquid whereas Brown’s results were obtained in a stagnant liquid. Fig. 7 shows the comparisons
of normalized radius of curvature between the results by Eq. (16) and by experiments. It can be noted that the
predicted results are always higher than the experimental results, which is caused for the most part by the first-
order approximation of the Bessel function. Moreover, by using the digital high-speed video system, it has
been found that the Taylor bubble nose shape does not depend on the bubble length and the Taylor bubble
bottom has a concave shape, which is essentially insensitive to the superficial velocities and the bubble length.

3.1.2. Falling liquid film

The parameters associated with the falling liquid film become crucial for the modeling of slug flow induced
corrosion. For instance, the intensity of the vortices in the liquid slug may be closely related to the velocity of
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the falling liquid film at the bottom of the Taylor bubble, which is the function of the film thickness. More-
over, the falling liquid film flow characteristics play a key role in the flow induced corrosion. The hydrody-
namic boundary layer and diffusion boundary layer on the metal substrate surface, the mass transfer of
corrosive reactants and corrosion products, the electrochemical corrosion reaction process, the applied alter-
nating shear stress on the corrosion product film, and also the processes of corrosion product film’s formation,
damage and repair, are all distinctly affected by the falling liquid film.

Previous experimental results have validated that the annular falling film around the Taylor bubble can be
assumed to be a liquid film without interfacial shear, namely the flow characteristics of falling liquid film in the
Taylor bubble nose zone obey the potential flow theory and the Taylor bubble nose is a spherical cap, but this
assumption is inappropriate to the bottom of the Taylor bubble.

According to the potential flow theory, Davies and Taylor (1950) suggested a relationship for the thickness
of the falling liquid film
g� g2 ¼ 0:0583ffiffiffi
n
p ð17Þ
where g = d/D is the dimensionless falling liquid film thickness, and n = x/D is the dimensionless axial distance
from the Taylor bubble nose. Nevertheless, Ozgu et al. (1973) took into account the effect of viscosity and the
hydrodynamic characteristics, and gave a modification for the Davies and Taylor’s relationship as follows:
For the falling liquid film in the laminar flow; g0 ¼ g
0:667

ð18Þ

For the falling liquid film in the turbulent flow; g0 ¼ g
0:656

ð19Þ
where g is the modified dimensionless falling liquid film thickness.
Fig. 8 shows the dimensionless falling liquid film thicknesses both by the experiments and by Eqs. (17) and

(19). From the experimental results, it can be seen that at the Taylor bubble nose zone x/D < 0.75 the devel-
oping falling liquid film thins as it falls, and the thickness of which at high superficial gas velocity is larger than
that at the low superficial gas velocity, which can be considered to be attributed to the smaller radius of cur-
vature at the high superficial velocity. When x/D < 0.75, the results by Eq. (17) are close to the experimental
results, which verifies that the flow characteristics of the developing falling liquid film can be explained by the
potential flow theory at the Taylor bubble nose zone. However, at x/D > 0.75, the fully developed falling
liquid film is eventually reached, and the thickness of which at high superficial gas velocity is smaller than that
at low superficial gas velocity, and the model results have an obvious deviation from the experimental results.
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In the model, only d, x, and D are correlated, and all other possible influential factors are reflected by the
constant 0.0583, at least the relationship between the thickness and the velocity of the falling liquid film is
not clear, resulting in the difficulty for the predicting model to be appropriate for the falling liquid films under
all flow conditions. The Ozgu model improves the predicted results in the Taylor bubble bottom zone, as
shown in Fig. 8. But this modified model is still unable to overcome the shortcomings of the Davies and Taylor
model.

Brotz (1954) proposed an empirical correlation for the thickness of free falling liquid film by studying
water, pentadecane and refrigerating oil in turbulent flows in different diameter tubes as follows:
dL

g
m2

L

� �1=3

¼ 3Re2
f

590

� �1=3

ð20Þ

Ref ¼
dLU f

mL

ð21Þ
where dL is the mean liquid film thickness, mL the liquid kinematical viscosity. Substituting Eq. (21) into Eq.
(20) gives
U 2
f ¼ 196:7gdL ð22Þ
dL can be related to the void fraction of the Taylor bubble haTBi by
dL ¼ 0:5D 1�
ffiffiffiffiffiffiffiffiffiffiffi
haTBi

p� �
ð23Þ
Thus
U f ¼ 9:916 gDð1�
ffiffiffiffiffiffiffiffiffiffiffi
haTBi

p
Þ

h i0:5

ð24Þ
For the sufficiently long Taylor bubbles, the length of falling liquid film is 30–100 times the mean film thick-
ness for most of steady slug flows. The gravitational force acting on the film balances the wall shear force,
which makes the falling liquid film attain a terminal thickness dt and a terminal velocity Uft. Wallis (1969) gave
a formula as follows:
dt

D
¼ k

l2
L

D3gðqL � qGÞqL

� �1=3
4C
lL

� �m

ð25Þ
C = qLjUftjdt, is the mass flow rate per a peripheral length unit. For laminar flows, Ref = 4C/lL < 1000,
Wallis suggested k = 0.909 and m = 1.3; for turbulent flows, Ref = 4C/lL > 1000, Wallis suggested
k = 0.115 and m = 0.6.

Fig. 9 shows the velocity of falling liquid film along the Taylor bubble. The velocity of falling liquid film is
increased with increased superficial gas velocity. The experimental results for the mean thickness and velocity
of falling liquid film are in better agreement with the predicted results by Brotz model. Whereas the terminal
thickness dt and the terminal velocity Uft of falling liquid film are best fitted with k = 0.103 and m = 0.64 for
the turbulent flows (Ref > 650). Compared with Wallis model, the differences in k and m may be caused by the
different physical properties of fluids.

Due to the pseudo-periodicity for an upward fully developed slug flow, there are many complicated hydro-
dynamic characteristics appearing in the near wall zone, as shown in Fig. 10. When the falling liquid film is
formed at the Taylor bubble nose and runs down all the way to the Taylor bubble bottom, the film velocity is
downward and has an increasing magnitude. When the falling liquid film plunges into the wake of Taylor bub-
ble, meeting the upward bulk liquid flow, the film velocity is downward and decreases to zero until the falling
film is fully assimilated by liquid slug. Then the fluid near the wall starts to flow upward and the velocity
increases until the succeeding Taylor bubble comes. Henceforth, a falling liquid film is formed at the succeed-
ing Taylor bubble nose.

In the Taylor bubble wake, when the falling liquid film plunges into the liquid rising behind the bubble,
small bubbles will be entrained and then shed off, as shown in Fig. 11. Since the space in the wake is confined,
when the falling liquid film plunges into the wake, the falling liquid film goes through a transition from a
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smooth free surface to a rough surface, generating a gravity wave, which induces a transverse wave and a lon-
gitudinal wave. The oscillation is apt to lead to an enclosed cavity, with many spiral vortexes in various sizes,
and small bubbles entrained in it. The distortion of the Taylor bubble bottom and the fluctuation of the liquid
surface will induce the entrained bubbles to shed off from the wake of Taylor bubble and enter the succeeding
liquid slug.
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Previous research shows that the wake region is in a free turbulence and the falling liquid film can be
regarded as a two-dimensional liquid ring jet entering a stagnant liquid slug pool (Taitel et al., 1980). As
the falling liquid film moves downward and the Taylor bubble moves upward, the jet velocity in the wake
of Taylor bubble where the jet is entering the stagnant liquid slug pool can be expressed as
U jet ¼ U f þ UTB ð26Þ

The axial velocity in the wake region can be expressed by the following (Ghosh and Cui, 1999):
U axial ¼ U jet½1� tanh2ð7:67y=xÞ� ð27Þ

where x is the direction along the jet and y is the direction perpendicular to the jet. When x = LC, y = 0.5D,
Uaxial = 0, as shown in Fig. 10. The averaged axial velocity in the wake region can be determined as
hU axiali ¼
U jet

R LC

0þ
R 0:5D

0 ½1� tanh2ð7:67y=xÞ�dy dxR LC

0þ
R 0:5D

0
dy dx

ð28Þ
For a fully developed slug flow, the Taylor bubble length remains constant, and the fluxes of gas entering
and leaving the Taylor bubble must be equal. Namely
Qa þ Qb ¼ Qc ð29Þ

where Qa, Qb and Qc are the fluxes of gas entering the Taylor bubble at the nose, re-coalescence to the Taylor
bubble across its bottom plane, and entrainment by the falling liquid film respectively.

Using the model proposed by Fernandes et al. (1983), in our experimental conditions, it is found that the
entrainment flux Qc is in the range from 1.12Qa to 1.31Qa. Using the digital high-speed video system, it is
found that most of small bubbles carried by the falling liquid film at the Taylor bubble nose do not coalesce
into the Taylor bubble, are running down all the way, and eventually fully plunge into the liquid slug, which is
quite different from air–water two-phase upward slug flow. The difference may be attributed to the fact that
the electrolytic solution tends to foam more easily and the small bubbles are more stable due to lower surface
tension.

When a falling liquid film passes by a Taylor bubble into the wake, there exists an issue of penetration dis-
tance, as shown in Fig. 10. The penetration distance is decreased with increased superficial gas velocity. Nev-
ertheless, the penetration distance is increased with increased superficial liquid velocity. When the length of
liquid slug is less than penetration distance, at the constant superficial liquid velocity, the falling liquid film
holds an annular space, leading to an increase of upward velocity of liquid, and the succeeding Taylor bubble
rise velocity can also be increased. However, the penetration distance of the falling liquid film has no effect on



Table 2
The length change in the near wall zone for an upward slug flow unit

USG (m/s) USL (m/s) LA (D) LB (D) LC (D)

0.15 0.344 2.08 0.57 3.04
0.25 0.344 1.55 0.61 2.38
0.35 0.344 1.17 0.78 1.85
0.45 0.344 0.71 0.85 1.28
0.15 0.446 2.41 0.56 3.54
0.25 0.446 1.71 0.60 2.63
0.35 0.446 1.28 0.76 2.02
0.45 0.446 0.89 0.82 1.59
0.15 0.518 2.67 0.54 3.91
0.25 0.518 1.89 0.59 2.91
0.35 0.518 1.37 0.73 2.17
0.45 0.518 0.99 0.8 1.77
0.15 0.651 2.83 0.51 4.16
0.25 0.651 2.04 0.54 3.13
0.35 0.651 1.50 0.66 2.38
0.45 0.651 1.06 0.76 1.90
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the succeeding Taylor bubble when the liquid slug length is greater than the penetration distance. In the exper-
iments, it is found that the penetration length LA and the Taylor bubble wake length LC accounts respectively
for 10–15% and 18–23% of the liquid slug length LLS. The falling liquid film is formed at the distance of 0.5–
1.1D from the Taylor bubble nose in all experiments.

Table 2 shows the distributions of the penetration length LA, the Taylor bubble wake length LC, and the
falling liquid film formation distance from the Taylor bubble nose LB.

3.2. Flow characteristics in liquid slug zone

Using the high-speed video system, it is found that liquid slug consists of three parts. The first part is the
wake region of the leading Taylor bubble that assimilates the falling liquid film, which is extremely turbulent,
disorderly and chaotic with maximum void fraction. The bubbles torn from the Taylor bubble cause the wake
vortices. In this part, the liquid carrying dispersed small bubbles flows downward in the near wall zone,
whereas liquid flows upward in the core of pipe. The second part is regarded as the transition region from
the wake to the fully developed dispersed bubble region. In this part, the bubbles come from the core area
of the wake region and then gradually spread across the entire cross section of pipe. The third part is defined
as the minimum void fraction region, which may be either turbulent or laminar. In this part, the void fraction
distribution is very similar to that of fully developed dispersed bubble flow.

Aladjem Talvy et al. (2000) found that the succeeding Taylor bubble dose not affect the motion of the lead-
ing one and is sensitive to the velocity distortion in the wake of the leading bubble. The succeeding bubble
acceleration is quite prominent in the near wake of the leading elongated bubble. However, for a fully devel-
oped upward slug flow, an important parameter that attention should be paid to is the minimum stable liquid
slug, namely the minimum distance for restoring a fully developed velocity distribution in the liquid slug.
Moissis and Griffith (1962) concluded by experiments that a certain separation distance between the two bub-
bles is needed to have fully developed conditions and suggested this distance should be about 8–16D for air–
water systems. Theoretical reasoning for the minimum stable liquid slug length was carried out by Taitel et al.
(1980), Dukler et al. (1985) and Shemer and Barnea (1987). It has been found that the minimum stable liquid
slug length is relatively insensitive to the gas and liquid flow rate, and is fairly constant for a given pipe
diameter.

Fig. 12 shows the relationship between dimensionless velocity (FrTB � Fr0)/Frs and liquid slug length at dif-
ferent superficial gas and liquid velocities, it is also verified that the minimum stable liquid slug length is con-
stant and about 7.5–10D.

Using digital high-speed video system, the dispersed bubble size in liquid slug is also investigated. Fig. 13
shows the dispersed bubble size distribution in liquid slug, Nd is the number of the sample bubbles with certain
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characteristic diameter, Nt the total number of the investigated sample bubbles and Nd/Nt the fraction of the
bubbles with a given characteristic diameter. It is found that the diameters of the dispersed bubbles are within
5.5 mm, and the bubbles with about 1.5–2.5 mm diameter account for 75%. It is also found that the bubbles
which appear in fully developed dispersed liquid slug are within 1.5 mm diameter and close to be spherical.
Whereas the bubbles which appear in the wake of Taylor bubble are above 1.5 mm diameter and more or less
distorted.

According to previous research, the averaged bubble rise velocity UGLS in the liquid slug in the fully devel-
oped dispersed bubbly flow is the sum of the average liquid velocity of the liquid slug ULLS and the bubble
buoyancy velocity, U0. Hence
U GLS ¼ ULLS þ U 0 ð30Þ
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For a single bubble, Harmathy (1960) suggested
U 0 ¼ 1:53
rgðqL � qGÞ

q2
L

� �1=4

ð31Þ
where r is the gas–liquid interfacial tension.
For a bubbles swarm, Zuber and Hench (1962) found that U0 is dependent on the haLSi and proposed the

following expression
U 0 ¼ 1:53
rgðqL � qGÞ

q2
L

� �1=4

ð1� haLSiÞ1=2 ð32Þ
It can be seen that when the void fraction increases, U0 decreases.
Fig. 14 shows the dispersed bubble velocity in liquid slug, it is found that the experimental results are fitted

well with the model proposed by Zuber and Hench (1962). At the constant superficial gas velocity, the bubble
velocity in liquid slug is increased with increased superficial liquid velocity. At a constant superficial liquid
velocity, the bubble velocity in liquid slug is also increased with increased superficial gas velocity, but more
slowly. This can be explained as follows: when the superficial liquid velocity increases, ULLS increases and
U0 increases due to decreased haLSi. However, as the superficial gas velocity increases, U0 decreases due to
increased haLSi, but ULLS increases.

In the gas–liquid slug flow, the intermittence of Taylor bubble and liquid slug is an essential characteristic.
The intermittent flow is one of the important factors to induce the fatigue stress cracking of the corrosion pro-
duction film in the near wall zone in a system under corrosion. The intermittence of slug flow can be charac-
terized by liquid slug frequency
fs ¼
N SU

Dt
ð33Þ
where NSU is the number of slug units at time interval Dt.
Fig. 15 shows the liquid slug frequency distribution at different superficial gas and liquid velocities. It is indi-

cated that the liquid slug frequency is generally above 2 Hz, and the liquid slug frequency increases with increased
superficial liquid velocity, whereas the liquid slug frequency decreases with increased superficial gas velocity.

3.3. Length distribution and void fraction characteristics of slug unit

Taylor bubble length LTB and liquid slug length LLS are the primary elements in studying the hydrody-
namic characteristics of upward slug flow. The length fraction of Taylor bubble b is defined as
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b ¼ LTB

LSU

¼ LTB

LTB þ LLS

ð34Þ
Figs. 16–18 show the results of Taylor bubble length LTB, liquid slug length LLS and Taylor bubble length
fraction b at different superficial velocities, respectively. With the increase of superficial gas velocity at a given
superficial liquid velocity, LTB and b are evidently increased, whereas the liquid slug length LLS is decreased.
With increased superficial liquid velocity at a given superficial gas velocity, liquid slug length LLS is increased
and b is decreased, moreover as the superficial gas velocity is further decreased, the decrease of b is slowed
down.

Figs. 19 and 20 show the distributions of the Taylor bubble length LTB and the liquid slug length LLS at
different superficial gas and liquid velocities, where NTB and NLS are the numbers of the sample Taylor
bubbles and liquid slugs with certain dimensionless length, NTBt and NLSt the total number of the sample
Taylor bubbles and liquid slugs, NTB/NTBt and NLS/NLSt the fractions of the Taylor bubbles and liquid slugs
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with a given dimensionless length, respectively. It can be seen that the mean length LTBmean, the minimum
length LTBmin and the maximum length LTBmax of Taylor bubble are all increased with the increase of super-
ficial gas velocity. Whereas the mean length LLSmean, the minimum length LLSmin and the maximum length
LLSmax of liquid slug are all increased with the increase of superficial liquid velocity. It is found that short Tay-
lor bubble and short liquid slug exist under all experimental conditions, and the shorter Taylor bubbles are
prone to coalesce into larger Taylor bubble, which also has been found by van Hout et al. (2001). The distri-
bution characteristics of both the Taylor bubble length LTB and the liquid slug length LLS, which exhibit a
little skewness, but not so significantly as the results of van Hout et al. (2001), fitted well to the normal dis-
tribution shape depicted by the solid lines in Figs. 19 and 20. The probability density function of the normal
distribution is
f ðLi=Djli; riÞ ¼
1ffiffiffiffiffiffi

2p
p

ri

exp� Li=D� liffiffiffi
2
p

ri

� �2

ð35Þ
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where Li/D is the dimensionless length of Taylor bubble length LTB or the liquid slug length LLS, li their mean
length Limean and ri their standard deviation (std. dev.).

Void fraction for slug unit and liquid slug represents the two-phase spatial distribution, which is an impor-
tant parameter in modeling the slug flow. The intermittence characteristics of the Taylor bubble with high void
fraction and the liquid slug with small void fraction give rise to the significant difference of the slug flow from
other flow regimes. Fig. 21 shows the radial void fraction distribution of slug unit. At low superficial gas veloc-
ities, the void fraction of slug unit is in a parabolic curve distribution. With the increase of the superficial gas
velocity, the void fraction increases and gets even in the core. At the low superficial gas and liquid velocities,
such as the USL = 0.344 m/s and USG = 0.152 m/s, USL = 0.446 m/s and USG = 0.248 m/s, the void fraction in
the near wall zone around r/R = 0.875 looks like a saddle, similar to the distribution of fully dispersed bubble
flow, which means the flow is unstable and goes through flow regime transition between slug flow and dis-
persed bubble flow, whereas in the core of pipe, there is a gibbosity of void fraction, which implies that large
Taylor bubbles tend to be in the core of pipe. As the superficial liquid velocity increases, the void fraction
becomes decreased with even profile in the core. Moreover, the parabolic curve and the saddle shape distri-
bution disappear.

Fig. 22 shows the radial void fraction distribution of liquid slug, which is shaped like a saddle. In the range
of 0–0.75R, the void fraction is decreased with increased r. Nevertheless, in the range of 0.75–1R, the void
fraction increases sharply, around 0.80–0.90R, a peak value appears, and then the void fraction decreases
to zero at the wall (1R). With the increase of superficial gas velocity, the void fraction increases and becomes
even in the core, and the peak value in the near wall zone moves toward the wall, the results are similar to
those of Nakoryakov and Kashinsky (1981). The void fraction in the core of pipe is below 0.35, since the many
dispersed bubbles will coalesce into the leading Taylor bubble when the void fraction above 0.35. Liu and
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Bankoff (1993) investigated the air–water bubbly flow structure in a vertical pipe, and found that the void frac-
tion is below 0.35, which justifies that the void fraction distribution in liquid slug is similar to that in a fully
developed dispersed bubble flow. Moreover, with the increase of superficial liquid velocity, the void fraction
radial distribution in liquid slug decreases to a little invariable distribution and the effect of superficial gas
velocity on it is reduced, namely at high superficial liquid velocity, the void fraction radial distribution is insen-
sitive to the change of superficial gas velocity, which can be explained by the flow regime transition theory of
Taitel et al. (1980). Therefore, the void fraction in liquid slug can be regarded as a fully dispersed bubble flow.

As noted above, the liquid slug consists of three parts, namely the wake region of the leading Taylor bub-
ble, the transition region from the wake to the fully developed dispersed bubble, and the fully developed dis-
persed bubble region. As shown in Fig. 23, these three regions can be easily distinguished in terms of void
fraction distribution. At different superficial velocities, the void fraction profiles in liquid slug are very similar.
The void fraction reaches its maximum in the wake region of the leading Taylor bubble with the distance x
within 2D. Whereas the void fraction decreases in the transition region with the distance x between 2D and
5D, and the void fraction attains its minimum in the fully dispersed bubble region with the distance x above
6D. The radial void fraction distribution decreases from the maximum at 0.0R to zero at 1.0R in the wake of
leading Taylor bubble region. Nevertheless, in the fully dispersed bubble flow, the decreased magnitude of
void fraction from 0.0R to 0.75R is small, and then the void fraction increases and achieves a peak value
at 0.85R, larger than that at 0.0R. Beyond this, the void fraction decreases and becomes zero at 1.0R. This
phenomenon can be explained as follows: in the wake of Taylor bubble, the penetration of falling liquid film
causes the radial void fraction to be high at 0.0R and decreases to zero at 1.0R, whereas in the fully dispersed
bubble region, the effect of falling liquid film disappears and a fully developed liquid slug velocity profile
restores, then the saddle shaped void fraction distribution occurs.
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Fig. 21. Slug unit void fraction radial distribution.
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Integrating the local radial void fraction distribution can give the averaged void fractions of both slug unit
and liquid slug. The results are listed in Table 3. At a given superficial liquid velocity, the void fractions of
both slug unit and liquid slug increase with the increase of superficial gas velocity. However, at given super-
ficial gas velocity, the void fractions of both slug unit and liquid slug decrease with increased superficial liquid
velocity. Fernandes et al. (1983) found that the averaged void fraction of liquid slug ranges from 0.25 to 0.3,
but the average void fraction ranges between 0.05 and 0.26 in the experiments. This may be due to the lower
surface tension and viscosity of the solution in the experiments, causing the dispersed bubbles to be more
prone to aggregate.

3.4. Instantaneous shear stress and mass transfer in the near wall zone

From the above analyses, it can be found that the upward gas–liquid slug flow induced corrosion is strongly
dependent on the turbulent diffusion mass transfer near the wall. The alternate wall shear stress is one of the
key factors for the corrosion production film fatigue cracking. The wall shear stress weakens the bonding abil-
ity between the metal substrate and the corrosion film, and also causes the destruction of the corrosion film,
leading to the exposure of partial or entire metal substrate to the corrosive reactant. The mass transfer is also
one of the key factors in the upward gas–liquid slug flow induced corrosion. The turbulent diffusion mass
transfer is basically a mixing process. The corrosive reactants are transported from the bulk solution to the
reaction surface by the vortex mixing, at the same time, the corrosion productions are transported from
the reaction surface to the bulk solution.

Fig. 24 shows the wall shear stress and mass transfer coefficient profiles at different superficial velocities. It
can be seen that the wall shear stress and mass transfer coefficient increase with the increase of superficial gas
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Fig. 22. Liquid slug void fraction radial distribution.
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velocity, and decrease with the increase of superficial liquid velocity. When the superficial gas velocity is
increased, the falling liquid film terminal velocity is increased and the falling liquid film thickness is reduced,
which results in the increase of the velocity gradient and the concentration gradient. When the superficial
liquid velocity is increased, the velocity gradient and the concentration gradient decrease. According to the
above analyses on the falling liquid film and the liquid slug, and the wall shear stress and mass transfer coef-
ficient distribution characteristics shown in Fig. 24, the near wall zone of upward gas–liquid slug flow can be
easily divided into three parts, namely the falling liquid film region corresponding to the length of the Taylor
bubble, the Taylor bubble wake region and the remaining liquid slug region.

Previous research shows that the adherence of corrosion product film to the metal substrate is between 105

and 107 Pa (Schmitt et al., 1999), whereas the wall shear stress of upward gas–liquid slug flow is below 103 Pa
in all experiments. Therefore, the wall shear stress of upward gas–liquid slug flow is unable to directly damage
the corrosion product film. It is the alternate wall shear stress that plays a key role in resultant corrosion pro-
duction film fatigue cracking.

Of the above three parts, the wake of Taylor bubble is obviously in turbulent flow. The falling liquid film is
turbulent except a portion of laminar flow at the Taylor bubble nose where the falling liquid film starts to
form, which can be ignored. The fully developed dispersed bubble liquid slug region may be either turbulent
or laminar in theory, due to the low viscosity of solution under the experimental conditions, and the fully
developed dispersed bubble liquid slug region is also turbulent. Based on the turbulence theory and the ratio-
nally corrected single phase mass transfer coefficient formula, the mass transfer coefficients kdf, kdw and kdLS

respectively in the falling liquid film region, in the wake of Taylor bubble region and in the fully developed
dispersed bubble liquid slug region can be expressed as follows:



0 2 4 6 8 10 12
0.0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

x/D

0.00R
 0.55R
 0.75R
 0.85R
 0.95R

USG=0.25m/s

USL=0.344m/s

α
L

S

0 2 4 6 8 10 12
0.0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

α LS

x/D

0.00R
0.55R
0.75R
0.85R
0.95R

USG=0.45m/s

USL=0.344m/s

0 2 4 6 8 10 12
0.0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

 0.00R
 0.55R
 0.75R
 0.85R
 0.95R

USG=0.25m/s

USL=0.651m/s

α
L

S

x/D
0 2 4 6 8 10 12

0.0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

α L
S

0.00R
0.55R
0.75R
0.85R
0.95R

USG=0.45m/s

USL=0.651m/s

x/D

Fig. 23. Radial liquid slug void fraction along the direction of liquid slug length.

Table 3
Averaged void fraction of slug unit haSUi and liquid slug haLSi

USG = 0.15 m/s USG = 0.25 m/s USG = 0.35 m/s USG = 0.45 m/s

haSUi haLSi haSUi haLSi haSUi haLSi haSUi haLSi
USL = 0.344 m/s 0.299 0.121 0.364 0.146 0.457 0.183 0.542 0.261
USL = 0.446 m/s 0.278 0.115 0.307 0.134 0.438 0.154 0.475 0.18
USL = 0.518 m/s 0.203 0.086 0.284 0.116 0.324 0.127 0.401 0.159
USL = 0.651 m/s 0.079 0.057 0.13 0.081 0.212 0.105 0.287 0.114
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kd ¼ 0:023CRe0:8Sc0:33 Dd

L

� �
¼ 0:023C

qUL
l

� �0:8 l
qDd

� �0:33 Dd

L

� �
ð36Þ
where
C ¼ 0:27 1þ Frs

b

� �0:5

ð37Þ
The proposed parameters in the formula are shown in Table 4. Good agreement can be found, and the max-
imum deviation is within ±10%.
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Fig. 24. Wall shear stress and mass transfer coefficient characteristics distribution.
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Table 4
The proposed parameter expressions

kdf kdw kdLS

U (m/s) 9.916[gD(1 � haTBi0.5)]0.5 hUaxiali USG + USL

L (m) 4 · 0.5D(1 � haTBi0.5) D D

q (kg/m3) qL qL(1 � haLSi) + qGh aLSi qL(1 � h aLSi) + qGhaLSi
l (kg/(m s)) lL lL(1 � h aLSi) + lGhaLSi lL(1 � haLSi) + lGh aLSi
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4. Conclusions

Using limiting diffusion current probes, conductivity probes and digital high-speed video system, the char-
acteristics of fully developed gas–liquid two-phase upward slug flow are thoroughly investigated and following
conclusions can be drawn:

1. Taylor bubble velocity is not sensitive to the change of liquid viscosity or surface tension, which can be
explained by the potential flow theory. The Taylor bubble nose radius of curvature can be represented
by R0 = 0.71Rc, and the larger the number Frs, the smaller the radius of curvature is. The potential flow
theory is inapplicable to the thickness of the falling liquid film far away from the Taylor bubble nose,
and the effect of viscosity on the hydrodynamic characteristics should be took into account.

2. The mean thickness and velocity of falling liquid film are in better agreement with the results predicted by
Brotz model, whereas the terminal constant thickness dt and the terminal constant velocity Uft of falling
liquid film are fitted well with Wallis model with k = 0.103 and m = 0.64 for the turbulent flow at Ref > 650.

3. The penetration length and the Taylor bubble wake length accounts respectively for 10–15% and 18–23% of
the liquid slug length, whereas the falling liquid film is formed at the distance of 0.5–1.1D from the Taylor
bubble nose in all the experiments. The minimum stable liquid slug length is almost constant and about 7.5–
10D. The liquid slug frequency is generally above 2 Hz.

4. The diameters of the dispersed bubbles are within 5.5 mm, and the bubbles with about 1.5–2.5 mm diameter
account for 75%. It is also found that the bubbles which appear in the fully developed dispersed liquid slug
are within 1.5 mm of diameter and close to be spherical, whereas the bubbles which appear in the wake of
Taylor bubble are above 1.5 mm of diameter and more or less distorted. The velocities of dispersed bubbles
in liquid slug are found by the experimental results to be fitted well with the model proposed by Zuber and
Hench.

5. The length distributions of both the Taylor bubble and the liquid slug are fitted well to the normal distri-
bution. The length of the Taylor bubble, the local void fraction of the slug unit and the liquid slug, the shear
stress and the mass transfer coefficient in the near wall zone, are all increased with the increase of superficial
gas velocity and decreased with the increase of superficial liquid velocity, whereas both the length and the
frequency of liquid slug varies contrarily.

6. Upward gas–liquid slug flow induced corrosion is strongly dependent on the turbulent diffusion mass trans-
fer near the wall. The wall shear stress of upward gas–liquid slug flow in the range of experiments is below
103 Pa, which is much less than the adherence of corrosion product film to the metal substrate. Therefore,
the alternate wall shear stress is the major cause of the corrosion production film fatigue cracking. The mass
transfer coefficient is within 10�3 m/s, and a normalized formula for mass transfer coefficient is obtained
based on the experimental data.
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